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The kinetics of aggregation/breakage of calcite particles flocculated with a high-
molecular-weight polymer flocculant has been studied in turbulent pipe flow. The mean
flocculation residence time was varied by changing the length of pipe between the
flocculant injection point and the in-stream particle-sizing probe (Lasentec FBRM). A
variety of pipe sizes and flow rates were used to produce a range of mean fluid shear rates.
The mean shear rate was calculated from the pressure drop along the pipe reactor, as
measured by manometer, and was found to vary markedly as a function of both the solid
fraction and aggregate size. Increased fluid shear increased the initial mixing and
aggregation rates, but ultimately lead to a reduced final aggregate size due to increased
aggregate breakage. Several other process variables were also studied, with the aggre-
gate size increased with flocculant dosage and primary particle size, but reduced at higher
solid fraction. © 2005 American Institute of Chemical Engineers AIChE J, 52: 1284—-1293, 2006
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Introduction

Solid-liquid separation in mineral processing and wastewater
treatment is frequently performed by gravity sedimenta-
tion.!.234>.6 Fine particles settle slowly in viscous flow, and
coagulants or flocculants are frequently added to bond the fine
particles into aggregates, increasing their settling rate. Prior to
the addition of the coagulant or flocculant the particles are
prevented from aggregating by a surface charge that causes
electrostatic repulsion. However, this repulsion can be over-
come by the addition of soluble ions (coagulants) that are
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attracted to the particle surface where they neutralize and
compress the electrical double layer. The particles are then able
to approach each other closely enough that van der Waals
attractive forces can hold the particles together as stable ag-
gregates.”-

In mineral processing applications, high-molecular-weight
(~20 X 10° g mol ") polymer flocculants have largely re-
placed simple coagulants, producing larger and denser aggre-
gates, substantially increasing the solid-liquid separation per-
formance.®'® Flocculants have polar or charged functional
groups attached to a hydrocarbon backbone, making the poly-
mer water-soluble and attracting it to the mineral surface. In
addition to the effect of surface charge neutralization, high
molecular weight flocculants are large enough to allow them to
simultaneously coadsorb on two or more particles, forming a
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polymer bridge that mechanically binds them together. This
bridging process (Figure 1) is usually assumed to be the dom-
inant bonding mechanism.!"-'> However, polymer flocculant
molecules are somewhat fragile, and there is considerable
evidence that aggregate breakage irreversibly reduces floccu-
lant activity by chain scission or rearrangement. 1113.14

Experimental studies of aggregation kinetics are relatively
difficult to perform, and may suffer a range of scale-up related
problems.>!5 Several laboratory-scale reactor designs have
been used successfully, with a simple stirred and baffled tank
being the most popular.!® A stirred-tank reactor has the advan-
tage of readily suspending solid particles at a comparatively
low average shear rate.> The spatially averaged shear rate (G)
is typically calculated from the mean energy dissipation
ratel7-22

_ €
G=14, (D

where G = mean turbulent shear rate (s '); & = energy
dissipation rate per unit mass (J s 'kg~' or m* %); v =
kinematic viscosity (m?s~").

In a stirred tank the energy input can be estimated from the
impeller power number,'®-21-23 or measured directly from the
motor torque and rpm.®2* However, the shear rate will vary
considerably through the tank, and is typically 5-10 times
higher around the impeller.2:2>-2¢ Since both the aggregation
and breakage rates are functions of the local shear rate, a
simple volumetric average shear rate across the tank may not
be an adequate description.?’

In addition, a stirred-tank reactor is not suited to continuous
flow for aggregation kinetics experiments, due to the broaden-
ing of the residence time distribution.?® Restricting the labora-
tory vessel to a batch process leads to difficulties if aggregate
sizing or settling rate measurements have to be taken ex situ.
The action of removing the suspension of fragile aggregates
(for example, by syringe or peristaltic pump) can alter the
aggregate size.>?° Furthermore, if the required subsample is
large, the volume remaining in the tank reactor may be signif-
icantly reduced, increasing the power dissipation rate per unit
mass.

At the relatively high fluid shear (~10-1,000 s~ ") and solid
fraction (~1-10% w/v) found in mineral processing thickener
feedwells,'33° aggregation proceeds rapidly after flocculant/
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feed mixing/adsorption, with the short reaction time a further
incentive to avoid time-consuming subsampling.

Another popular laboratory vessel for aggregation studies is
a Couette device, where the suspension fills the gap between
concentric rotating cylinders.?-31:32:33.34 The laminar fluid shear
rate can be calculated directly from the relative rotation speed,
the cylinder radii, and the width of the gap.35-3¢

Aggregation studies have also been performed in pipe flow,
either laminar,37-38:3940 or turbulent.'641.4243 However, particles
tend to settle out of laminar flow unless the pipe is vertical, or
the particles neutrally buoyant. Turbulent pipe flow has the
advantage of relatively homogeneous and isotropic turbulence
in the core,*! and the mean shear rate can be estimated from the
pressure drop along the pipe'®-3¢-4445 for example by manom-
eter.

The aim of this study was to gather experimental aggrega-
tion/breakage kinetics data over a range of conditions (fluid
shear rate, flocculant dosage, primary particle size and solid
fraction) typical of a thickener/clarifier used in the mineral
processing industry. These data has been used to develop a
population balance model for the flocculation process that will
be described in a subsequent article.

Particular attention is paid here to the effect of flocculation
and the aggregate size on the suspension viscosity, which was
calculated from pressure drop measurements along a turbulent
pipe reactor.

Experimental

Aggregation/breakage kinetics were studied in turbulent pipe
flow (Figure 2). A combination of pipe diameters (25.4 or 38.1
mm ID) and flow rates (14—40 L min~ !, 0.21-1.29 m s~ ")
were used to produce a range of fluid shear rates. A series of
flocculant injection nipples along the pipe produced a range of
effective pipe lengths, and, hence, mean residence times as-
suming plug flow.

The pipe reactors were assembled from 1.83 m lengths of
transparent acrylic pipe, with care taken to produce seamless
joints and ensure a smooth inner pipe surface. Similarly, the
flocculant injection nipples were attached to the outside of the
pipe so that the inside surface of the pipe was only altered by
drilled (2.4 mm) holes. The pipe was suspended approximately
1 m above the floor from a tensioned horizontal suspension
cable arrangement (Figure 2), ensuring that the pipe reactor
was kept straight and horizontal.

A focused beam reflectance measurement (FBRM) in-
stream particle-sizing instrument (M500L, Lasentec) was
placed in the flow at the end of the pipe reactor. The FBRM
instrument has been described previously,*” and was cali-
brated with the same solid substrate (calcite). In this case the
coarse electronics option was used, giving the best measure-
ment of aggregates that might otherwise be sized as a series
of smaller particles.

The feed suspension was made up quantitatively in a 0.8 m*
stirred/baffled feed tank, and the concentration confirmed
gravimetrically by drying. A range of feed suspensions of
different solid fraction (3.33 - 16.7% w/v, ¢g,, = 0.012-0.062,
Peatcite = 2710 kg m~?) and/or mean primary particle size (2.36
—24.3 um) were used to simulate changes to the feed (Table 1).
The various grades of calcite were sized independently by laser
diffraction (Malvern MS 10 Mastersizer).
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Figure 2. Laboratory equipment.

The feed suspension was delivered to the pipe reactor by a
variable ratio drive positive displacement pump, and the flow
rate confirmed by an on-line flow meter. A manometer bank
(Figure 2) was used to measure the pressure drop along the
pipe. The manometers were equilibrated from above, after
flushing with water. This removed any solid from the manom-
eter tubes, ensuring a known density (taken as 1,000 kg m )
and accurate pressure drop measurement.

Flocculant (ONDEO-Nalco 9902, 30% anionic acrylate/
acrylamide copolymer with a nominal molecular weight of
15 x 10° g mol ") stock solution (0.02% w/v) was made up
reproducibly (volume, stirrer speed and time) the day before
use, minimizing any effect from flocculant aging.*® The floc-
culant was dosed quantitatively on a mass (flocculant) for mass
(solid) basis into the pipe reactor with a peristaltic pump,
confirmed by a flow meter.

The addition of flocculant irreversibly alters the suspension,
precluding the possibility of recycle. Consequently, after size

and settling rate measurement the flocculated suspension was
fed to a waste storage sump.

A matrix of experimental runs was performed according to
Figure 3 and Table 1. The process variables of fluid shear,
flocculant dosage, solid fraction and primary particle size were
altered independently away from a common baseline point:
25.4 mm ID pipe, 14.01 L min~' (mean velocity 0.461 ms™ '),
10% wiv (3.69% v/v) solid, volume-weighted average dia. 6.59
um (by Malvern Mastersizer), and a flocculant dosage of 20
gt~ ' (solid).

Aggregate size and settling rate measurements were made
with flocculant injected at 13 positions (including a zero resi-
dence time — no flocculant) along the pipe, producing a range
of residence times. The injection points were spaced according
to a numerical progression, so that they were closer together at
short residence times where the aggregate size increases rap-
idly.

This range of pipe lengths was used for each of the experi-

Table 1. Matrix of Pipe Reactor Experimental Runs (Bold Face Indicates Where Conditions Differ from Baseline)

Pipe ID Flow Velocity Solid ¢ (m* m™?) Mean d, Floc. Dose
Run No. (m) (ms™ ") kg m ™3] (um) (gt™h Comment
1 0.0254 0.461 0.0369 [100] 6.59 20.0 Baseline run
2 0.0254 0.461 0.0369 [100] 6.59 40.0 Higher dosage
3 0.0254 0.461 0.0369 [100] 6.59 10.0 Lower dosage
4 0.0254 0.461 0.0369 [100] 6.59 80.0 Higher dosage
5 0.0254 0.461 0.0369 [100] 6.59 5.0 Lower dosage
6 0.0254 0.461 0.0246 [66.7] 6.59 20.0 Lower solid
7 0.0254 0.461 0.0615 [167] 6.59 20.0 Higher solid
8 0.0254 0.461 0.0123 [33.3] 6.59 20.0 Lower solid
9 0.0254 0.461 0.0492 [133] 6.59 20.0 Higher solid
10 0.0254 0.781 0.0369 [100] 6.59 20.0 Higher shear
11 0.0254 1.294 0.0369 [100] 6.59 20.0 Higher shear
12 0.0381 0.554 0.0369 [100] 6.59 20.0 Larger pipe
13 0.0381 0.343 0.0369 [100] 6.59 20.0 Lower shear
14 0.0381 0.207 0.0369 [100] 6.59 20.0 Lower shear
15 0.0254 0.461 0.0369 [100] 15.08 20.0 Larger particle
16 0.0254 0.461 0.0369 [100] 2.36 20.0 Smaller particle
17 0.0254 0.461 0.0369 [100] 3.47 20.0 Smaller particle
18 0.0254 0.461 0.0369 [100] 24.26 20.0 Larger particle
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Figure 3. Experimental matrix.

mental conditions described by the sparse matrix described by
Figure 3 and Table 1, giving a total of 13 X (6 + 4 + 4 + 4)
data points.

Results and Discussion
Pressure drop to give viscosity and mean shear rate

The fluid shear rate (Eq. 1) is a critical variable in floccu-
lation, affecting both the rate of aggregation and breakage, and
was determined in this work using a manometer bank (Figure
2) to measure the pressure drop along the pipe reactor. Mea-
suring the pressure drop allowed the calculation of the energy
dissipation rate per unit mass of fluid (¢) from?!

_ VAP
i

€

2

where £ = energy dissipation rate per unit mass (J s~ ' kg~ ! or
m? s~ %); V = mean flow velocity (m s~ '); AP = pressure drop
along pipe (N m™?); p, = density of the fluid (kg m™>); L =
pipe length (m).

The energy dissipation rate will vary somewhat across the
pipe but is reasonably homogeneous in the core of the flow,
with the variation less than in a stirred tank.

The mean pipe flow velocity (V) is known experimentally
via the volumetric flow rate and pipe ID, with the fluid density
(py) calculated from the solid fraction and density

pr=pd+ p,(1 — ) (3)

where p, = density of the solid (calcite = 2710 kg m °); p,, =
density of water (taken as 1,000 kg m ?); ¢ = solid volume
fraction (m> m™?).

The mean dissipation rate is readily calculated from Eq. 2,
however, in order to calculate the mean fluid shear rate (Eq. 1),
the suspension viscosity is also required. In most studies the
viscosity is taken to be unchanged from pure water at the same
temperature. This assumption is usually valid because most
studies 23-34.49:50 have simulated conditions in water treatment
clarifiers or river estuary system, which are characterized by a
low solid fraction.?!-3¢

However, feed streams to thickener units used in mineral
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processing have a considerably higher solid volume fraction,
typically in the percent range,?!-30-52 leading to an increased
fluid viscosity.> The volume of liquid enclosed within porous
aggregates has the effect of further increasing the effective
solid volume fraction and viscosity.5? This effect is demon-
strated experimentally (Figures 6, 8, 10 and 12) by an increased
flow resistance and larger pressure drop along the pipe. In this
case the use of positive displacement feed and flocculant
pumps ensured constant flow rates, with the additional required
energy readily supplied by the pumps since the overall back-
pressure along the pipe was comparatively minor at ~1-10 X
10° N m™? (0.01 - 0.1 atm).

Estimating the pressure drop through pipes is a common
engineering problem, for example, when specifying pumps for
pipelines. This has led to the development of the concept of a
pipe Fanning friction factor (f), given by:!8.21.5455

DAP  &D

T2pVL 2V )

where f = fanning friction factor (dimensionless); D = pipe
diameter (m); AP = pressure drop along pipe (N m 2); p =
fluid density (kg m~*); &€ = energy dissipation rate (J s~ ' kg~
or m* s ?); V = mean flow velocity (m s~ ") L = pipe length
(m)

An alternative system is based on the Darcy friction factor,¢
differing only by a factor of 4.

Equation 4 is usually under-specified (AP or &), and efforts
have been made>* to find alternative descriptions of the friction
factor, usually as a function of the pipe Reynolds number (Re),
with the equation by Blasius®” being widely used

0.0791
TR )
DV,
Re = =P (6)
|73

Blasius’ equation is correct for Newtonian flow in smooth
pipes (as used here) for turbulent flow in the range 4,000 <
Re < 100,000, however, a wide range of alternative equations
have been proposed as a function of pipe roughness, Reynolds
number, non-Newtonian behavior, and so on.54

Equations 5 and 6 were used to calculate the pressure drop
along the pipe reactor with water only (no solid), allowing the
estimation of the fluid viscosity (0.00105 N s m ™, compared to
the literature® value of 0.00102 N s m > at 20 °C), as shown
by Figure 4. This served to confirm the equation, and that the
dimensions had been converted correctly.

Equation 6 is tentatively assumed to hold for the turbulent
flow of the aggregated suspensions, allowing the calculation of
the suspension viscosity by combining Egs. 4, 5 and 6

AP*D? ;
k= (2% 0.0791)%p* V'L @
Published on behalf of the AIChE DOI 10.1002/aic 1287
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where . = suspension viscosity (N s m~2); D = pipe diameter
(m); AP = pressure drop along pipe (N m ?); p = fluid density
(kg m3); V = mean flow velocity (m s~ '); L = pipe length (m).

The effect of flocculation increasing the suspension viscosity
due to the formation of voluminous aggregates has been re-
ported in the past for various systems, including polymer
particles® and red blood cells.®

Solid particles are suspended by turbulent eddies, however,
if the turbulence is insufficient for a given particle settling rate,
the solid may stratify or even form a stationary bed on the
bottom of the pipe reactor. This has the effect of throttling the
flow and increasing the flow velocity and turbulence in the
remaining clear portion of the pipe, preventing further settling.
Eventually a steady-state condition is reached with a uniform
stationary layer. The use of a transparent acrylic pipe allowed
the observation of stratification/settling, aided by a fluorescent
tube mounted behind the pipe to cast a shadow. Data collected
when there was visible stratification/settling is of limited value,
because the settled solid reduced the effective pipe diameter
and decreased the average residence time.

Minimum suspension flow velocities in pipelines are usually
described by the Durand®® equation as a function of the mean
flow velocity in the pipe and the particle size and density,
although there is a variety of alternative relationships to choose
from.SS,ﬁ1,62,63,64.65,66,()7

Durand’s equation is typically used for estimating the min-
imum transport velocity of relatively coarse particles (>1,000
um) in full-scale pipelines, and has limited applicability to the
current work with aggregated suspensions of fine particles. In
the current case, stratification/settling was observed just above
the transition to laminar flow (Re ~ 2,000-4,000).

The relatively high shear rate produced by small-scale tur-
bulent pipe flow (~100—1,000 s~ ' here) acts as an incentive to
reduce the flow velocity and/or increase the pipe size. How-
ever, reducing the flow reduces the Reynolds number, causing
the solid to settle out, while increasing the pipe size dramati-
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cally increases the required feed and disposal volumes (~5
tonnes calcite for the runs described here).

Alternatively, settling can be suppressed by substituting a
smaller, or lower density, primary particle to reduce the settling
rate. In this case a range of relatively fine primary particles
were used (mean d,, = 2.36 — 24.3 um). Using a lower density
solid substrate (for example, latex) would have compromised
the hindered settling rate measurements (to be described in a
subsequent article), and may also have given a poor approxi-
mation of a mineral surface shape and chemistry.

Effect of mean fluid shear rate

Figure 5 shows the effect of changing the flow rate and pipe
reactor inside diameter (ID) on the volume-weighted mean
aggregate diameter. The flow rate and pipe ID were altered to
produce a range of spatially-averaged shear rates (~100-1,000
s~!, Table 1). A small pipe and high flow rate increases the
flow resistance, the energy dissipation, and hence also in-
creases the mean fluid shear rate. This initially leads to an
increased aggregation rate due to faster flocculant/suspension
mixing and particle collision, but ultimately leads to a reduced
aggregate size due to an increased aggregate breakage rate. The
reduction in final aggregate size at higher shear rates has been
observed in other systems.!>-23:34,35:49,50,68.69

The gentle reduction in the aggregate size at extended resi-
dence times observed here is typical behavior when polymer
flocculants are used,>!5707! and is usually taken as evidence
of flocculant deactivation by scission or rearrangement.!'47273.74
Conversely aggregates formed by coagulation with soluble salt
normally reach a steady-state aggregate size, because in that case
breakage is reversible.233449-50 The aggregate size reduction could
also be due to aggregate compaction rather than aggregate break-
age. However, a subsequent article also dealing with this calcite
system will present settling rate data showing a decrease in settling
velocity with the aggregate size. An increased aggregate density
would be expected to increase the settling rate.

--© - Run 13, 38.1 mmID, 0.343 ms™, G = 34.5 57, (settling in pipe)
—%—Run1, 25.4mmID,0.461 ms™, G = 179.6 s™, (Baseline)
—aA—— Run 12, 38.1 mmID, 0.554 ms™, G = 193.8 s™ |
—«-- Run 10,254 mm D, 0.781 ms™", G = 4350 s™ |
—&— Run 11,254 mmID, 1.294 ms™, G = 944.1 s !
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Figure 5. Effect of pipe size and fluid flow rate on
volume-weighted mean aggregate size.
Flocculant dosage 20 g t™ ", d, = 6.59 um, 10% w/v solid.
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Runs 1 and 13 shown in Figure 5 were an attempt to match
the average shear rate in two different diameter pipes, using
appropriate flow rates, respectively. The resulting mean aggre-
gate size profiles through time are fairly similar, although the
initial aggregation rate in the larger pipe (Run 13) is slower,
perhaps due to the slower flocculant/suspension mixing. The
larger pipe also produced a smaller aggregate size at extended
residence times, although the difference appears too large to be
explained entirely by the slightly higher shear rate. Other
possible explanations include different flocculant/particle mix-
ing, different hydrodynamic conditions (for example, shear
profile across the pipe) or simply experimental variation.

Figure 6 shows the decrease in the average suspension
viscosity flocculated at different shear rates, as calculated from
the pressure drop using Eq. 7 (see also Table 1). The viscosity
decreases at higher shear rates, because the decreased aggre-

: © - Run 4, Dosage = 80 g t, (settling in pipe)
E 350 | £ - Run 2, Dosage = 40 g t, (settling in pipe)
| —x—Run 1, Dosage =20 g t"!, (Baseline)
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Figure 7. Effect of flocculant dosage on the volume-
weighted mean aggregate size. 25.4 mm ID
pipe, 0.461 ms™', d, = 6.59 um, 10% w/v solid.

gate size (Figure 5) leads to a decreased aggregate porosity
and, hence, effective solid fraction and suspension viscosity.
The data is truncated to lower shear rates because stratification/
settling in the pipe reactor throttled the flow, leading to a
dramatically increased pressure drop.

Table 2 shows a summary of the results for viscosity, mean
shear rate, friction factor, pipe Reynolds number etc for all of
the experimental runs, as outlined in Figure 3 and Table 1, with
the corresponding aggregate size data described in subsequent
sections. In some cases the aggregated suspensions were ob-
served to stratify/settle in the pipe reactor, leading to uncer-
tainties in the solid fraction and average residence time, cor-
respondingly shown in italics in Table 2, and these results
should be interpreted with caution.

Table 2. Matrix of Pipe Reactor Experimental Results

Viscosity Susp. Density e G
Run No. (Nsm ?) (kg m™3) Re (m® s7%) s f Comment
1 0.0024 1063 5291 0.071 180 0.0093 Baseline run
2 0.0165 1063 752 0.116 86 0.0151 Settling
3 0.0016 1063 7681 0.065 207 0.0084
4 0.0509 1063 245 0.154 57 0.0200 Settling
5 0.0014 1063 8759 0.063 217 0.0082
6 0.0018 1042 6821 0.067 198 0.0087
7 0.0030 1105 4294 0.075 166 0.0098
8 0.0015 1021 8222 0.064 212 0.0083
9 0.0027 1084 4637 0.074 171 0.0096
10 0.0015 1063 13700 0.274 435 0.0073
11 0.0012 1063 28173 1.039 944 0.0061
12 0.0019 1063 11736 0.068 194 0.0076
13 0.0330 1063 421 0.037 34 0.0174 Settling
14 0.1675 1063 50 0.014 9 0.0297 Settling
15 0.0058 1063 2158 0.089 128 0.0116
16 0.0019 1063 6478 0.068 194 0.0088
17 0.0016 1063 7996 0.064 210 0.0084
18 0.0101 1063 1237 0.103 104 0.0133 Settling
AIChE Journal April 2006 Vol. 52, No. 4 Published on behalf of the AIChE DOI 10.1002/aic 1289
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Effect of flocculant dosage

Figure 7 shows the increase in aggregate size with flocculant
dosage. This can be attributed to either an increased capture
efficiency (a = number of successful collisions/total number of
collisions) and/or increased aggregate strength leading to a
reduced breakage rate. Although the data show a faster initial
aggregation rate at higher flocculant dosages, this must be at
least partially attributed to increased initial flocculant/suspen-
sion mixing. The dilute (0.02%) flocculant stream was injected
perpendicularly into the pipe reactor via a small hole in the pipe
wall, causing a visible (clear acrylic pipe) increase in the
turbulence around the injection point. The additional turbu-
lence at the injection point increased with flocculant dosage,
because the dosage was altered by changing the flocculant
stream flow rate (rather than by increasing the flocculant stream
concentration).

Flocculant/suspension macroscale mixing is likely to be
highly scale dependent, and its importance is evidenced by the
industrial practice of using a very dilute flocculant stream
(0.01-0.1%2'3%) and various proprietary feedwell designs to
produce efficient mixing. It is difficult to replicate industrial-
scale mixing conditions on a laboratory-scale, however, the use
of emerging techniques like computational fluid dynam-
ics,7>7677 or electrical impedance tomography!3.78.79.80.81 are
likely to increase the understanding in this area.

While Figure 7 shows a regular increase in the aggregate size
with flocculant dosage over the dosage range considered, there
is some evidence to suggest®!!:83 that very high flocculant
dosages may lead to steric re-stabilization as the particle sur-
face becomes overloaded with flocculant. However, it is un-
likely that such a situation would occur in practice with modern
high-molecular-weight flocculants, where adequate settling is
achieved at dosages well below that required for full surface
coverage. In addition, excessive flocculant addition may also
reduce the unit’s compression performance.®33

Figure 8 shows the increase in viscosity and corresponding
reduction in fluid shear as a function of the flocculant dosage.
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Again, this is attributed to the increased effective volume
fraction enclosed by the aggregates as the aggregate size is
increased. The possibility of the flocculant alone increasing the
viscosity was discounted by performing an additional experi-
ment under the same conditions, except without solid (water
and flocculant only). Somewhat surprisingly, the pressure drop
actually decreased fractionally (in the range 10 — 20% depend-
ing on the dosage — not shown). This phenomenon has been
widely reported,?!-8485.86 and is sometimes exploited to reduce
the pumping costs in long pipelines.

Effect of primary particle size

Figure 9 shows the increase in aggregate size with primary
particle size. This is likely to be caused by a combination of
effects. As the primary particle size is increased, the total
particle surface area per unit mass is decreased, leading to an
increased flocculant surface coverage per area.’” The increase
in primary particle size will also increase the solid packing
efficiency within the aggregate, decreasing the porosity, hence
further increasing the aggregate strength.®8% The decreased
porosity relative to aggregates of the same size, but containing
smaller primary particles, tends to decrease the effective sus-
pension solid fraction, subsequently tending to decrease the
fluid viscosity, dissipation and breakage rates.

Overall however, the increased strength of aggregates
formed from larger primary particles leads to a significantly
increased aggregate size (and effective volume fraction occu-
pied by the porous aggregates), a higher suspension viscosity
(Figure 10) and dissipation rate. In this case the viscosity is the
dominant term of Eq. 1, so the fluid shear is reduced with a
larger primary particle (see Table 2).

Effect of suspension solid fraction

Figure 11 shows the reduction in aggregate size with in-
creased solid fraction, a result that has been observed else-
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Figure 9. Effect of mean primary particle size on the
volume-weighted mean aggregate size. 25.4
mm ID pipe, 0.461 m s~ ', flocculant dosage
20 g t~', 10% w/v solid.
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Figure 10. Effect of primary particle size on the mea-
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The mean size is the volume-weighted mean as determined
by laser diffraction (Malvern Mastersizer).

where,'3°0 although not well understood. Figure 12 shows the
increase in suspension viscosity and reduction in the shear rate
as determined by manometer measurements. The reduction in
the aggregate size at high solid fraction is attributed to a
slightly reduced particle collision rate at lower shear, and an
increased breakage rate due to the increase in viscosity and
energy dissipation.

At very low solid fraction, there is evidence from other
studies*+29-21.93 to suggest that the aggregate size may be re-
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Figure 11. Effect of suspension solid fraction on the vol-
ume-weighted mean aggregate size. 25.4 mm
ID pipe, 0.461 m s, flocculant dosage 20
gt™', d, = 6.59 um.
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duced, perhaps due to a decreased collision rate compared to
the rate of aggregate breakage.

Collisional breakage is sometimes proposed to account for
the reduction in size with solid fraction, that is, due to the
increased collision rate at higher solids.”>** However, since
aggregation is widely accepted to be second-order with respect
to particle number, a simple breakage function also based on
two-body collisions would also be second-order, with no net
change in the aggregate size. Burban et al.”*> noted this and
proposed a breakage mechanism, based on third-order kinetics
and 3-body collisions, however, most workers continue to
assume that breakage is caused mostly by fluid shear forces.

Conclusions

The aggregation/breakage kinetics of calcite flocculation
have been studied experimentally in turbulent pipe flow under
a range of conditions, reflecting changes in likely industrial
process variables: fluid shear, flocculant dosage, primary par-
ticle size, and solid volume fraction. Flocculation residence
times were altered by varying the length of pipe between the
flocculant injection point and the in-stream FBRM aggregate
sizing probe. The pressure drop along the pipe was measured
simultaneously by a manometer, allowing the calculation of the
energy dissipation, fluid viscosity, and the mean shear rate as a
function of the aggregate size.

Efforts were taken to match the conditions in the pipe reactor
to those expected in a full-scale mineral processing plant,
although scale-up remains an issue.

Flocculant/feed suspension mixing is faster with small vol-
umes, and it is likely to be considerably overestimated by
small-scale equipment. However, the major limitation is the
tendency of solid to settle out of small-scale and low Reynolds
number flows, restricting this study to a smaller primary par-
ticle size range and higher mean shear rates than are expected
in practice. Despite these restrictions, the turbulent pipe reactor
has given aggregation/breakage kinetic data for a concentrated
mineral suspension under a range of well characterized, and
reasonably representative conditions.
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The aggregate size/time profiles obtained were characterized
by an initial rapid increase in aggregate size over the first 2—6
s to a maximum size, after which there was a slower decline.
The initial aggregation rate was found to increase at higher
shear rates. However, the final aggregate size was ultimately
limited by aggregate breakage, which is significantly increased
at a higher shear rate. The aggregate size increased as a
function of the flocculant dosage and primary particle size, but
reduced at higher solid fraction.
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Notation

D = pipe diameter, m
d = particle diameter, m
f = fanning friction factor, dimensionless
g = gravity, 9.8 ms 2
L = pipe length, m
AP = pressure drop along pipe (N m~?) given experimentally from: AP =
pgh
Re = pipe Reynolds number, dimensionless
V = mean flow velocity along pipe, m s~

Greek letters

& = energy dissipation rate per unit mass, J s~ 'kg~' or m%s~?

py = density of the fluid, kg m3
p, = density of the solid, kg m
p,, = density of water, kg m 3

¢ = solid volume fraction, [0,1]
W = suspension viscosity, N s m™
v = kinematic viscosity, m?s~"

2
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